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H I G H L I G H T S
• 82% ammonia recovery from waste-
water treatment plant digestate liquor.• Combined ammonia and biomethane
fed solid oxide fuel cell modelled.• Increased renewable electrical power
production of 45% compared with
conventional system.• GHG emission reduction of 3.5 kg
CO2e per year for each person served
by treatment facility.
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A B S T R A C T
Current standard practice at wastewater treatment plants (WWTPs) involves the recycling of digestate liquor,
produced from the anaerobic digestion of sludge, back into the treatment process. However, a significant amount
of energy is required to enable biological breakdown of ammonia present in the liquor. This biological processing
also results in the emission of damaging quantities of greenhouse gases, making diversion of liquor and recovery
of ammonia a noteworthy option for improving the sustainability of wastewater treatment. This study presents a
novel process which combines ammonia recovery from diverted digestate liquor for use (alongside biomethane)
in a solid oxide fuel cell (SOFC) system for implementation at WWTPs. Aspen Plus V.8.8 and numerical steady
state models have been developed, using data from a WWTP in West Yorkshire (UK) as a reference facility
(750,000p.e.). Aspen Plus simulations demonstrate an ability to recover 82% of ammoniacal nitrogen present in
digestate liquor produced at the WWTP. The recovery process uses a series of stripping, absorption and flash
separation units where water is recovered alongside ammonia. This facilitates effective internal steam methane
reforming in the fuel cell with a molar steam:CH4 ratio of 2.5. The installation of the process at the WWTP used
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as a case of study has the potential to make significant impacts energetically and environmentally; findings
suggest the treatment facility could transform from a net consumer of electricity to a net producer. The SOFC has
been demonstrated to run at an electrical efficiency of 48%, with NH3 contributing 4.6% of its power output. It
has also been demonstrated that 3.5 kg CO2e per person served by the WWTP could be mitigated a year due to a
combination of emissions savings by diversion of ammonia from biological processing and lifecycle emissions
associated with the lack of reliance on grid electricity.
1. Introduction
In the UK, most of the 60 million tonnes of wet sewage sludge
generated at WWTPs is converted to biogas via anaerobic digestion
(AD) [1]. In the majority of cases, biogas is used on site for electricity
and heat production via combined heat and power (CHP) combustion
engines [2]. However, with very few exceptions, the renewable elec-
tricity produced does not meet the full demand of the treatment facility.
Resultantly, there has been a global research drive in recent years to
decrease consumption and increase production of energy at WWTPs
[3–10].
One suggested method of improving the energy balance at WWTPs
is to use stationary fuel cell stacks for cogeneration in place of standard
combustion-based CHP systems. High temperature fuel cells such as
molten carbonate fuel cells (MCFCs) and solid oxide fuel cells (SOFCs)
are the most endorsed fuel cell systems for application at WWTPs for
two key reasons. Firstly, they have the ability to achieve superior
electrical efficiencies to combustion-based alternatives because they are
not limited by Carnot efficiency and other thermodynamic obstructions
[11]. Secondly, their high temperature operation allows for internal
thermo-chemical reforming capabilities and acceptance of alternative
fuels such as biogas, biomethane and ammonia [12].
MCFCs, consisting of molten carbonate salt electrolytes have gained
particular interest for application at WWTPs for a number of reasons.
One such reason is due to the oxidation half-reaction of CO2 at the
cathode, which facilitates movement of carbonate across the
electrolyte. The subsequent release of CO2 at the anode provides the
opportunity for negative emissions due to the concentration of CO2, as
long as carbon capture and utilisation or storage (CCUS) technology is
employed [13,14]. It was found by Chacartegui et al. [14], that the
equivalent of roughly 60% of carbon originally found in the biogas fuel
generated at wastewater treatment plants could be sequestered when
employing this system. However, without economic incentives to
achieve negative emissions, the high costs of deployment and operation
make its implementation questionable [14].
Stuttgart-Möhringen wastewater treatment plant in Germany has
real operating experience with an MCFC after installation in 2007 [15].
It was found to run with a gross electrical efficiency of 44% and a net
electrical efficiency of 36%. Although superior to conventional cogen-
eration technologies, this is inferior to the experience of SOFC devices,
which classically operate with gross electrical efficiencies above 50%
[12]. For example, an Italian-based project, named DEMOSOFC, plans
to install a SOFC system at the SMAT Collegno WWTP in Turin [16]. A
study by Mehr et al. [17] found that this plant, under nominal condi-
tions, should run at a net electrical efficiency of 51.6%. Thus, high-
lighting the potential importance of the greater electrical efficiency
potentials from SOFCs for WWTPs in the context of studying methods to
reduce net electricity consumption. It is also the defining factor, why,
this work has focussed on the incorporation of SOFCs over MCFCs at
WWTPs.
Solid oxide fuel cells have historically been developed using ceramic
yttria-stabilised zirconia (YSZ) electrolytes, Ni/YSZ anodes and Sr- or
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Ca-doped LaMnO3 cathodes which operate at temperatures between
900 and 1000 °C [18]. Over the years, efforts in material development
have been made to achieve intermediate temperature (IT) SOFCS with
operating temperatures in the range of 700–800 °C [19]. Lower tem-
peratures facilitate less degradation of cell and stack components and
the use of cheaper metallic interconnections over expensive lanthanum-
ceramic alternatives. The research problem is overcoming the lower
electrolyte conductivity, electrode kinetics and sintering temperatures
of using such materials [18]. Despite the progress made in IT-SOFC
development, the technology readiness levels are still markedly low
[19].
Due to the R&D still ongoing with IT-SOFCs, this study has focussed
on the implementation of commercially available high-temperature
(HT) SOFCs, such as those resembling the Siemens-Westinghouse Power
Generation Inc (SPGI) 120 kW tubular SOFC. SPGI’s SOFCs are con-
sistently referenced as model-cases for process integration studies
[20–25] due to the rigorous experimental testing carried out on them,
which has provided operational data for model validation and evidence
of reliability and robustness [23]. High temperature operation of SOFCs
also limits the degradation and poisoning caused by the presence of
sulphur compounds [26], such as H2S, which is often found in biogas.
Another important factor for UK and EU WWTPs is the limitation in
the amount of ammoniacal and nitrate nitrogen that can be emitted to
water-courses under the Urban Waste Water Treatment Directive (91/
271/EEC) and the Water Framework Directive (2000/60/EC) [27,28].
Nitrogen control is popularly achieved via biological processing by
aerobic (nitrifying) and anoxic (denitrifying) bacteria in a multi-stage
activated sludge process (ASP). The nitrifying bacteria convert ammo-
nium to nitrate whilst denitrifying bacteria convert nitrate to gaseous
forms of nitrogen – i.e., mainly N2, although N2O is also formed. The
nitrification process requires copious pumping of oxygen to the ASP and
contributes largely to the total energy demand for sewage processing. It
has been estimated by [29] that it takes on average 4.57 kWh of elec-
trical energy for every kg of oxidised nitrogen.
Of chief concern are the greenhouse gas (GHG) emissions that arise
from nitrogen removal during wastewater treatment. Nitrous oxide
(N2O) is generated as a metabolic intermediary and side-product during
denitrification [30]. N2O, due to its global warming potential 298 times
that of CO2 over a 100 year period, is a particularly problematic GHG
[31]. There are considerable variations of GHG emissions between
WWTPs, but the UK Water Industry Research Ltd (UKWIR) specify an
N2O emission factor of 0.002 kgN2O-N emitted per 1 kg N loaded into
the treatment works [32]. Thus, the diversion of nitrogenous material
can have positive impacts on both energy demand and carbon footprint
at WWTPs.
One key contributor of the total nitrogen load in ASP units is the
liquid fraction from AD processing (digestate liquor) that returns to the
head of the works. Nitrogen that is not emitted as N2 in the ASP or
discharged within the final effluent, is carried through the treatment
process in sludge that is used as feedstock for onsite AD. The digestate
formed during AD, therefore, contains a large quantity of nitrogen. The
digestate is separated into a solid (cake) fraction and a liquid (liquor)
fraction. The cake can be spread on land for nutrient reuse in agri-
culture, but liquor is normally recycled back into the treatment process.
Problematically, the liquor retains around 70% of the total nitrogen
present in the digestate [33]. It is estimated that this nitrogen equates
to 15–20% of the total N-load at WWTPs [34,35].
The conditions of anaerobic digestion mean nitrogen present in the
feedstock is predominantly converted to highly soluble ammonium ions
(NH4+), hence, the reason the liquor retains more nitrogen than the
solid fraction. Ammonium ions are in equilibrium with ammonia gas
(NH3) molecules as shown in (R1). Collectively known as ‘total am-
monia’, the relative concentrations of each greatly depend on the pH of
solution, where low pH conditions favour NH4+ and high pH conditions
favour NH3. The pH of digestate liquor normally lies between 7.5 and
8.0 which can be increased with CO2 degassing and/or the addition of
NaOH or lime [36,37]. The transformation of NH4+ to NH3 then allows
effective recovery of total ammonia from solution via stripping tech-
niques. This form of ammonia recovery has been demonstrated at full
scale via air stripping and absorption with [38] detailing at the time of
publication, six companies providing commercially available technol-
ogies.
NH3+H2O⇄NH4++OH− (R1)
Solid oxide fuel cells have also been identified as an efficient
method of using ammonia as fuel for cogeneration purposes [11,39,40].
The high temperatures used in SOFC operation facilitates the decom-
position of ammonia into hydrogen and nitrogen (R5), allowing elec-
trochemical oxidation of hydrogen and thus current generation. The
work detailed in [41] has since taken this one step further by using a
blend of biogas and ammonia as hydrogen carriers for use in a SOFC. An
electrodeionization process was experimentally carried out to recover
ammonia from synthetic ammonium-rich wastewaters for input to a
three-layer button SOFC reactor with biogas produced from a lab-scale
AD reactor fed with local sewage sludge. The researchers achieved 95%
and 76% ammonium recovery from diluted and concentrated synthetic
wastewaters respectively, and predicted a 60% improvement in net
energy output compared to conventional CHP systems. However,
electrodeionization has been in development for over 60 years and
advancements in the fundamental understanding of its operation and
application has been extremely slow [42]. Furthermore, its use often
needs to be coupled with energy intensive procedures such as reverse
osmosis to provide sufficient selectivity [43]. Thus, its pathway to
commercialisation may still be some way off.
The aims of this study are to demonstrate the feasibility of ammonia
recovery from digestate liquor via an innovative chain of practical
steps, for combined use with biomethane in an internal reforming
SOFC. To the knowledge of the authors of the present work, this is the
first investigation of recovering ammonia for application with bio-
methane in a SOFC, via a sequential air-stripping and absorption. A
number of steps and methods have been taken to ensure the analysis of
process integration is as robust and rigorous as possible. Firstly, a
WWTP operated by Yorkshire Water in the UK, has been used as a re-
ference site for the technology application, so as to effectively de-
termine energetic and carbon footprint implications. Aspen Plus v8.8
[44] has been used to physically model an entire optimised steady-state
chemical process. A numerical modelling approach has been used to
determine the electricity production and efficiency of the proposed
SOFC, which corresponds and integrates with the process model.
2. Numerical fuel cell model methodology
The SOFC system modelled in this work is based on SPGI’s 120 kW
tubular fuel cell, as modelled for example, in [21]. It consists of three
key parts; the anode, cathode and electrolyte. Methane, ammonia and
steam are fed into the anode, whilst air is fed to the cathode. Oxygen
molecules diffuse from the porous cathode to the cathodic triple phase
boundary (TPB) where they reduce to ionic O2− (R2), then through the
electrolyte and on to the anodic TPB. At the anode side, three key re-
actions occur: (a) steam methane reforming ‘SMR’ (R3), (b) water gas
shift ‘WGS’ (R4) and (c) ammonia decomposition ‘NH3-DEC’ (R5).
Hydrogen produced diffuses through to the anodic TPB where it reacts
with oxygen ions to produce steam and electrons (R6). The electrons
are externally transported via a circuit to the cathode, generating
electrical power.
0.5O2+2e− → O2− (R2)
CH4+H2O⇄ 3H2+CO (R3)
CO+H2O⇄H2+CO2 (R4)
2NH3⇄ 3H2+N2 (R5)
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H2+O2− → H2O+2e− (R6)
2.1. Cell voltage
The cell voltage is calculated by subtracting the various potential
voltage losses from the Nernst Potential, shown in the following
equation:
CV E n n nact ohm conc= (1)
where E is the Nernst voltage potential, nact represents the activation
losses, nohm the ohmic losses and nconc the concentration losses.
2.2. Nernst voltage potential
The Nernst Potential or the local thermodynamic reversible poten-
tial (in Equation (2)) determines the theoretical cell voltage potential
under given thermodynamic conditions and compositions.
E E RT
nF
p
p p
ln
.o
cell H O
H O
2
2 2
=
(2)
where, according to [45,46]:
E T1.2723 (2.7645 10O cell4= × × (3)
Eo is the ideal voltage or reference voltage for hydrogen electro-che-
mical oxidation at ambient pressure at cell reaction sites, and a function
of temperature. R is the universal gas constant, Tcell is absolute cell
temperature, px is partial pressure of relevant gas species ‘x’, F is the
Faraday constant and n is the number of electrons participating in the
reaction. In this case there are two participating electrons as shown in
(R6). Electrochemical oxidation of CO at the anode is neglected due to
the dominance of H2 over CO in charge transfer kinetics. Other re-
searchers have incorporated the electrochemical oxidation of CO in
numerical models, such as Spallina et al. [47]. This was found to be
valid under certain conditions by experimental work carried out by Ong
et al. [48], but only where high current densities (> 1.5 A cm−2) and
high CO concentration (> 80%) conditions favoured electrochemical
oxidation of CO. However, these conditions do not apply to the work
presented and so it can be said with a strong degree of certainty that CO
mostly contributes to the voltage potential via the production of H2
during WGS, which also takes place at the anode (R4).
2.3. Activation voltage loss
Activation polarisation (nact) is obtained via manipulation of the
Butler-Volmer equation (4)
j j exp nFn
RT
exp Zn n
RT
(1 ) ·act
cell
act
cell
0= (4)
nact is determined via the Eqs. (5) and (6), extrapolated from the im-
plicit Butler-Volmer equation and utilised by [21].
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where j is the current density (A/m2) and j0 is the exchange current
density (A/m2). Electrodes in the anode and cathode exchange current
densities, j a0 and j c0 respectively, which are determined via Eqs. (7) and
(8):
j p p exp E
RTa a H H O
aa
cell
0 22= × × × (7)
j p exp E
RTc c O
ac
cell
0 2
0.25= × × (8)
a and c are activation barrier overpotential coefficients and Eaa and Eac
are activation energies for the anode and cathode respectively, and
have each been obtained from literature. a and c values were taken
from [21] and Eaa and Eac from [49].
2.4. Ohmic voltage loss
Ohmic losses result from contact resistance, the resistance of ions
moving through the electrolyte and electron transfer resistance in
electrodes, current collectors and interconnects. Ohmic voltage losses
have been determined using equations (9) and (10):
n R j A· ·ohmic ohmic cell cell= (9)
Rohmic a a c c e e= + + (10)
where Acell is the area in which the current flows, Rohmic is the global
internal resistance which takes into account specific material resistivity
( ) and component thickness ( ). Figures for and have been ex-
trapolated from [21] and subscripts a, c, and e denote the anode,
cathode, and electrolyte respectively.
2.5. Concentration voltage loss
Concentration losses at electrodes occur due to mass transport
processes or simplistically where fuel or oxygen is being used by the
fuel cell faster than it can be supplied. The concentration losses at the
cathode and anode have been calculated via the equations detailed in
(11) and (12).
n RT
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cell
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D T1.3103 10 · 0.263382a eff cell, 1.5 1.5= × (15)
D D T·
273
·c eff O cell,
1.5
2= (16)
where jl a, and jl c, are the anode and cathode limiting current densities
respectively and Da eff, and Dc eff, are effective diffusivities of H2 and O2
(reactant species) for the anode and cathode respectively. DO2 is the
ordinary diffusivity of oxygen, denotes porosity of the electrode and
its tortuosity. Eq. (15) has been provided by [50], whilst (16) has been
taken from [21].
2.6. Efficiency calculations
The fuel cell voltage as calculated above is based on a 120 kW SOFC
using the required fixed variables from [21]. The current was calculated
using the formula presented in Eq. (17). Due to the fact that each mole
of oxidised hydrogen generates 2 electrons, it is derived that
0.037605 kg H2 h−1 is required to generate 1 kA of current [11]. Thus,
the H2 consumption in each fuel cell was determined via Eq. (18). The
fuel requirement in the cell was calculated using a fuel utilisation factor
(UF), as presented in Eq. (19). A DC/AC conversion factor of 0.97 was
used to provide power outputs as AC electricity. Net power (PAC,net) was
calculated by subtracting the consumption in pumps and compressors
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from the AC production. PAC,net was used to calculate net electrical
efficiency as stated in Eq. (20) by dividing net power with LHV flows
from methane and ammonia. Thermal efficiency has been calculated via
Eq. (21) and combined efficiency via Eq. (22) where Qr is the system’s
thermal output.
I
P
CVcell
gross= (17)
h I h Am (kg ) 0.037605(kg k )H consumed cell, 1 1 12 = × (18)
U
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H in
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,
2
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,
,
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3. Simulation setup and process operation description
Aspen plus V.8.8 software [44] has been used to simulate, optimise
and synergise mass and heat transfers for a combined ammonia re-
covery and SOFC process as if implemented at the WWTP selected as a
case of study. Aspen Plus V8.8 has been used throughout with a
‘COMMON’ method filter and an ‘NRTL-RK’ base method. A short
description of this method and filter and the function of blocks men-
tioned throughout can be found in the supplementary information
provided. The following assumptions have been made:
• Ambient conditions of 1 bar and 23 °C have been used• Air composition assumed 79:21 split of N2:O2 only
3.1. Fuel cell process simulation
The fuel cell modelled in Aspen Plus consists of two key parts; the
anode and the cathode. The former has been represented by an RStoic
block labelled ‘ANODE’. Here, SMR (R3), WGS (R4), NH3-DEC (R5) and
hydrogen oxidation (R6) reactions are specified along with the chosen
cell temperature and pressure, as detailed in Table 5. The conversions of
reactions (R3)–(R5) in the anode were determined via tests using an
RGibbs reactor, which determined equilibrium via the minimisation of
Gibbs free energy. An RGibbs reactor could not be used as representa-
tion of the anode due to the selectivity of electrochemical hydrogen
oxidation at the triple phase boundary. Instead, an RStoic reactor was
used, which defines the conversion efficiencies of CH4, CO and NH3
found during the above stated equilibrium investigation. Thus, the
RStoic anode reactor designates 100% SMR, 52% WGS and 100% NH3-
dec conversion efficiencies of CH4, CO and NH3 respectively. Whilst, the
conversion of H2 via (R6) corresponds to the defined fuel utilisation
factor (UF). The fuel cell exit gases are transported to a furnace, which
contains unconverted hydrogen and carbon monoxide and undergo
combustion.
The cathode is comprised of a ‘Sep’ block labelled ‘CATHODE’ and a
‘Heater’ block labelled ‘FC-HEAT’. The separator allows for the flow of
Fig. 1. Aspen Plus flow sheet of combined ammonia recovery and SOFC.
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oxygen to the anode set by a 20% oxygen utilisation factor – i.e., 20% of
oxygen contained in the cathode inlet is reduced and transported across
the cell. The heater block ‘FC-HEAT’ acts purely as a representation of
the heat transfer across the cell. This is required as the fuel and air inlet
temperatures are below that of the SOFC operating temperature due to
the combined exothermic nature of ongoing reactions. It is essential in
order to fully interpret thermal properties of the system.
The heat duty or enthalpy change of reactions in the RStoic
‘ANODE’ is equivalent to the sum of power production (PAC,net), heat
transfer to the cathode (Qtrans) and any heat loss (QL) in the cell as
shown by Eq. (23). A design specification has been installed for the
simulation that varies the temperature transferred to ‘AIR2′ in the heat
exchanger ‘HX4′ in order for Qtrans to fit the expression shown in Eq.
(23). SOFC internal heat loss (QL) has been assumed at 5%.
H P Q Qan AC net trans L,= + + (23)
The post fuel cell furnace is simulated via an adiabatic RGibbs re-
actor labelled ‘FURN’ running at 90% thermal efficiency. The exhaust
stream of which is separated via an ‘FSplit’ block labelled ‘SPLIT’. 82%
is split into the stream ‘EXHAUST1′ and used for cathodic air pre-
heating and heat transfer with the ‘FLASH’ inlet during ammonia re-
covery. The remaining 18% is used for anodic inlet pre-heating and
used directly as stripping gas in the primary stage of ammonia recovery.
3.2. Ammonia recovery process simulation
The ammonia recovery part of the process model consists of three
key areas; an air stripper, an absorption column and a flash drum la-
belled ‘STRIP’, ‘ABSORP’ AND ‘FLASH’ respectively. The process flow
streams and units with their respective nomenclature are represented in
Fig. 1. Digestate liquor is pumped into the ammonia recovery system,
exchanges heat with the bottoms stream of ‘STRIP’ before entering the
top of the column. Ammonia is being stripped in the column with 18%
of the exhaust gas from the post fuel cell furnace. The exhaust gas is
compressed to 1.1 bar to account for the 10% pressure drop in the
‘STRIP’ column. The gaseous product, exiting the top of ‘STRIP’, is
cooled before entering at the base of the ‘ABSORP’ block. Here it meets
a counter-current flow of water, which absorbs the ammonia, forming
an aqueous product. This stream is pre-heated before entering a flash
drum which vaporises a set proportion of the mixture to achieve a
molar steam to carbon ratio (S:C) of 2.5 for internal SMR and WGS
downstream in the SOFC.
The air stripping column (STRIP) is simulated with a RADFRAC
block in Aspen plus with 30 stages, no condenser or reboiler, and
functioning via equilibrium calculations. The ‘LIQUOR’ stream enters
above stage 1 and the stripping gas enters at stage 30. A 10% pressure
drop in the stripper has been assumed and implemented. The absorp-
tion column (ABSORP) is also represented by a RADFRAC block with 10
stages, without condenser or reboiler, and determined via equilibrium
calculations. The stream ‘WATER’ enters above stage 1 and the stream
‘S-GAS-2′ enters on stage 10. The flash separator (FLASH) is represented
by a ‘Flash2′ block with an outlet pressure of 1 bar and a vapour frac-
tion of 0.34. Heat recovery is achieved from streams UTILITY2, EXH-B3
and FLSHBTMS. The total heat export (Qr) is calculated via the duty of
heater block HEAT-EX, which mixes UTILITY2, EXH-B3 and FLSHBTMS
and cools them to ambient temperature, assuming 80% thermal effi-
ciency.
4. Reference wastewater treatment plant conditions
A WWTP in West Yorkshire (UK) has been used as a reference
treatment plant. The site treats sewage from an equivalent urban po-
pulation of 750,000 people. WWTPs experience great diurnal, seasonal
and spatial variability due to weather and the fluctuating nature of
human activity. As such, for the benefit of analysis, average figures for
parameters such as wastewater inflow, digestate production, digestate
composition, electricity demand and electricity production have been
used to create a steady state model.
The electricity produced at this WWTP via the biogas-CHP is
documented online at [51]. The daily mean electricity production be-
tween January 2014 and December 2015 has been calculated as 40,000
kWh. However, it should be noted that WWTPs often have periods of
equipment down-time where either anaerobic digesters and/or CHP
equipment are out of action. The quantity of sludge-feedstock for
anaerobic digestion also varies throughout the year. This brings about
significant variation in biogas/electricity production. Data shows that
the reference WWTP has experienced months where little or no elec-
tricity has been generated and other months where generation is 50%
above the mean.
The average daily electricity demand of the facility is 60,000 kWh.
It has been assumed the CHP unit at the treatment facility runs with a
35% electrical efficiency (LHV basis). Therefore, 40,000 kWh electricity
would require 411,426MJ of chemical energy which equates to
8229 kg CH4 (based on a LHV of 50MJ/kg). This work assumes the
biogas produced onsite has been scrubbed completely of CO2 and any
impurities, such as H2S. This generates a product of almost 100% CH4,
termed biomethane. Scrubbing the biomethane has dual benefits.
Firstly, H2S is a well-known poison to nickel catalysts and leads to in-
creased activation polarisation losses in SOFCs [26]. Secondly, the
presence of CO2 and temporal variation of concentrations found in
biogas would affect the production of hydrogen at the fuel cell’s anode
via equilibrium interference with WGS and SMR reactions. This, in turn,
would create pronounced variation in hydrogen partial pressures and
would require constant monitoring in order to effectively operate the
fuel cell.
According to [52] each person in the UK generates between 133.4 L
and 153.8 L of wastewater on average each day. On this basis, a figure
of 140 L of wastewater generated per person per day has been assigned
for the population served by the WWTP. Digestate liquor production
has been inferred from [53], using an equivalent fraction of total
wastewater inflow of 0.63%. Ammonia concentrations in digestate li-
quor were determined via analysis of 11 samples collected over a 19-
month period (Oct 2015-May 2016) from the WWTP by members of the
BioResource Systems Research Group and the analyses were carried out
following the 4500-N Standard Method as reported in [54], at the
Public Health Engineering Laboratory (School of Civil Engineering,
University of Leeds).
5. Results and discussion
5.1. Ammonia recovery
Table 2 shows the mole flow data during ammonia recovery pro-
cessing. The incoming liquor has an ammonia concentration of 1.8 g
L−1 in stream ‘LIQ1′ and exits at 42.8 g L−1 in stream ‘CON-LIQA’. In
total, 18% of inlet ammonia is lost in various stages of the process. This
comprises of 2.7% in the air stripper, 1.7% in the absorption column
and 13.6% in the flash separator. Table 2 also illustrates that 53.45
kmol h−1 of water is released with the recovered ammonia in stream
‘CONC-LIQ’. This facilitates a downstream molar steam to carbon ratio
of 2.5 and, thus, allows for effective internal SMR within the SOFC (see
Table 3).
Table 1
WWTP information.
Wastewater Inflow 105,000m3 day−1
Digestate Liquor Production 661m3 day−1
Electricity Demand 60,000 kWh day−1
Electricity produced 40,000 kWh day−1
Biomethane produced 8,229 kg day−1
Digestate Liquor (NH3 –N concentration) 1.5 g L−1
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The model indicates minimal thermal losses during the three stages
of ammonia recovery due to the internal heat exchange occurring in
HX1 and heat recovery from streams UTILITY2, EXH-B3 and FLSHB-
TMS. The overall thermal power output is calculated as 48 MWh per
day. However, the combined temperature of these three streams was
calculated to be 51.5 °C, indicating that the heat is of a low quality
nature which has implications on its potential use in the treatment fa-
cility (as discussed later). In essence, ammonia recovery has more of an
impact on the quality rather than quantity of heat available for export.
The key energetic demand during ammonia recovery emanates from
pre-stripping compression, which requires 1.2 MWh of electricity each
day equalling 1.17 kWh/kg of recovered ammonia.
5.2. Fuel cell operation and power production
The numerical model developed in this work has been validated
using experimental data from operation of SPGI’s 120 kW SOFC, as
shown in [55]. For the purpose of validation of the fuel cell model, a
fuel inlet consisting of 89% H2 and 11% H2O has been used with a fuel
utilisation factor of 0.85 and an operating temperature of 1000 °C. The
comparative polarisation curves have been fitted with current density
variation between 1000 and 4000 A m−2. As illustrated in Fig. 2, there
is a good match between experimental and model data. The average
absolute percentage differences between model and experimental data
in Fig. 2 is just 1.15%. Resultantly, it can be said with a strong degree of
certainty that the fuel cell model set up for this work is representative of
the application proposed here.
The combination of internal steam biomethane reforming, water gas
shift and ammonia decomposition has been calculated to generate
159 kg H2 per hour in the SOFC. Under the conditions detailed in Tables
4 and 5 using the numerical model detailed in the methodology, a cell
voltage of 0.74 has been determined. The cell runs with a net electrical
efficiency of 48% calculated via Equation (20). At the WWTP, this
would provide 58 MWh of electricity each day and require 25 120 kW
stacks in order to fulfil the power potential. The net thermal output (Q1)
Table 2
Stream Results for Ammonia Recovery section of Aspen Plus Flowsheet. Flows
in kmol h−1, temperature (T) in °C and pressure (P) in bar. Labels as shown in
Fig. 1.
LIQ2 EXH-A3 S-gas1 S-GAS-2 WATER WAT-AM-2 CON-LIQA
CH4 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CO 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CO2 0.00 4.08 3.96 3.96 0.00 1.28 1.28
H2 0.00 0.00 0.00 0.00 0.00 0.00 0.00
H2O 1528.56 17.97 87.34 87.34 170.00 164.86 53.41
N2 0.00 114.04 113.43 113.43 0.00 0.34 0.34
NH3 2.95 0.00 2.87 2.87 0.00 2.82 2.42
O2 0.00 22.25 21.96 21.96 0.00 0.17 0.17
T 23.00 740.70 74.64 25.10 23.00 97.50 97.99
P 1.00 1.10 1.00 1.00 1.00 1.00 1.00
Table 3
Stream Results for SOFC section of Aspen Plus Flowsheet. Flows in kmol h−1, temperature (T) in °C and pressure (P) in bar. Labels as shown in Fig. 1.
BM1 AN-IN-2 AN-EX EXH-A1 EXH-B1 AIR3 CAT-EX1 CAT-EX2
CH4 21.38 21.38 0.00 0.00 0.00 0.00 0.00 0.00
CO 0.00 0.00 10.26 0.00 0.00 0.00 0.00 0.00
CO2 0.00 1.28 12.40 4.08 18.58 0.00 0.00 0.00
H2 0.00 0.00 11.84 0.00 0.00 0.00 0.00 0.00
H2O 0.00 53.41 87.97 17.97 81.84 0.00 0.00 0.00
N2 0.00 0.34 1.55 114.04 519.51 632.00 632.00 632.00
NH3 0.00 2.42 0.00 0.00 0.00 0.00 0.00 0.00
O2 0.00 0.17 0.00 22.25 101.34 168.00 134.64 134.64
T 23.00 700.00 910.00 1075.70 1075.70 868.25 868.25 910.00
P 1.00 1.10 1.08 1.00 1.00 1.10 1.08 1.08
Fig. 2. Polarisation curve showing experimental data of SPGI’s 120 kW SOFC
from [55] and model data (from this work) using fuel composition 89% H2 11%
H2O, Uf of 0.85 and operating temperature of 1000 °C.
Table 4
Coefficients for SOFC numerical model.
na 2
nc 4
Eaa J mol−1 110,000
eac J mol−1 120,000
ƴa A m−2 3.6× 108
ƴc A m−2 3.5× 108
a Ω m 2.98× 10−5 exp (1392/T)
a m 100×10−6
c Ω m 8.114×10−5 exp (600/T)
c m 2.2× 10−3
e Ω m 2.94× 10−5 exp (10,350/T)
e m 40×10−6
DO2 m2 s−1 4.6× 10−2
0.39
5.5
Table 5
SOFC operating conditions and results.
Tcell °C 910
Pcell Bar 1.08
Fuel Utilisation 0.85
Air Utilisation 0.2
Current Density A m−2 1820
Anode Inlet Temp °C 700
Cathode Inlet Temp °C 868
Cell Voltage V 0.74
elec net, % 48
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determined in the Aspen Plus simulation stands at 48 MWh per day.
This corresponds to a thermal efficiency of 40% and a CHP efficiency of
88% as calculated via equations (21) and (22).
With the assumption that 100% of ammonia undergoes decom-
position in the fuel cell, its recovery would generate an extra 176 kg H2
each day or 4.6% of the total H2 produced. On this basis, it can be
suggested that the recovered ammonia would contribute 2.7 MWh of
electricity to the facility daily. This shows that it is energetically
worthwhile recovering the ammonia for use in the fuel cell with an
energy balance ratio of 2.25, calculated as the ratio of electrical power
produced from the ammonia in the fuel cell with the electrical energy
consumed in its recovery.
Although the decomposition of ammonia has an impact on the
molar production of H2 and therefore overall power output from the
stack, its effect on cell voltage is limited because the fractional molar
concentration of H2 doesn’t alter significantly. For every 3mol of H2
generated from during ammonia decomposition (R5), 1 mol of N2 is also
generated. This helps to regulate the overall molar concentration of H2
at the anode, which increases by just 0.8% when ammonia decom-
position is taken into account. This, in turn, has a similar minimal
impact on the concentration of H2O produced by the electrochemical
oxidation of H2. As such, the introduction of recovered ammonia has a
negligible effect on cell voltage and gross efficiency, but does impact
significantly on the total power production of the process.
5.3. Sensitivity
Sensitivity analysis of fuel cell temperature, pressure and WGS ef-
ficiency has been carried out in order to better understand the impacts
of such variables on system efficiency. Operating temperature± 90 °C,
pressure +1 bar and WGS CO conversion efficiency±50% have been
analysed and compared to the reference model. The anode reaction
efficiencies and therefore gas compositions have been assumed the
same for temperature and pressure sensitivities but have been adjusted
accordingly for WGS efficiency changes, including air flow for a con-
stant oxygen utilisation of 20%.
The impact on the efficiencies ηtherm, ηelec,net and ηCHP,net are dis-
played in Fig. 3 and Table 6. When WGS conversion efficiency is re-
duced, as is the hydrogen produced in the fuel cell. This limits (R6) and
therefore current generation. However, the reduction in H2 production
means less air is required for pre-heating in ‘HX4′, allowing more heat
available for export. The opposite mechanisms occur when WGS con-
version efficiency is increased; contributing to greater electrochemical
hydrogen oxidation and therefore power production but reduced heat
generation.
As shown in Table 6, when the operating pressure of the fuel cell is
increased, the cell voltage also increases and therefore the current
production. However, this means more heat is required in the fuel cell
to allow for thermal transport. As such, more heat is exchanged with the
anode inlet, reducing the final export potential by 4.6%. When com-
bined with the increased net electricity production (which incorporates
the extra energy required for compression), it gave the smallest change
in combined efficiency with a 0.2% reduction.
Reducing the operating temperature of the fuel cell had the largest
impact on system efficiency. Reducing the temperature negatively af-
fects the cell voltage and therefore current and net electrical power.
However, the heat loss experienced due to exchange with fuel cell inlets
is significantly reduced when cell temperature is at 820 °C, resulting in
appreciably more heat for export. The opposite mechanisms occur when
cell operating temperature is increased by 90 °C. However, the reversed
impacts on thermal and electrical efficiencies are far less substantial.
This demonstrates that reducing the temperature has a far greater im-
pact on system efficiency than increasing the temperature.
It should be noted, that with the ongoing development of IT-SOFCs
operating at temperatures between 700 and 800 °C, it may be possible
to achieve similar electrical efficiencies showcased in this study’s re-
ference scenario, whilst maintaining the benefits of heat export de-
monstrated in the above sensitivity analysis. As mentioned in the in-
troduction, IT-SOFCs have great potential in reducing capital costs and
increasing the lifetime of SOFCs. It is also expected that ammonia
would still experience almost full decomposition between 700 and
800 °C; being well above required equilibrium temperatures. As such,
this is highlighted as a potential avenue for future analysis and should
be considered as a technological alternative once IT-SOFCs have
reached a greater stage of commercialisation.
-10.00 -5.00 0.00 5.00
Fig. 3. Percentage impact on thermal (ηtherm), net electrical (ηelect, net) and combined efficiency (ηCHP, net).
Table 6
Sensitivity analysis in absolute values.
elec net, therm CHP net, CV
Reference 0.48 0.40 0.88 0.74
WGS −50% 0.46 0.42 0.87 0.73
WGS +50% 0.51 0.38 0.89 0.74
+1 bar 0.50 0.38 0.88 0.87
−90 °C 0.42 0.39 0.81 0.65
+90 °C 0.50 0.34 0.83 0.76
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5.4. Impacts on wastewater treatment plant operations
Using the selected WWTP as a representative case of study of con-
ventional sewage treatment works, the ammonia recovery process has
the potential to divert up to 991 kg NH3 daily from the activated sludge
process. This would have a considerable impact on both the energy
consumption and GHG emissions associated with biological nitrogen
removal. Using N2O emission factors reported by UKWIR [32], it is
suggested that 1.63 kg of N2O emissions could be avoided daily. Due to
its GWP being 298 times over a 100-year period, this equates to 486 kg
CO2e of daily avoidance. However, N2O emissions from biological N-
removal are a notoriously difficult parameter to predict. For example,
[30] found emission factors varying between 0 and 14.6% of nitrogen
load, with most cases showing greater emissions than that suggested by
UKWIR. This implies that GHG emission savings could be far greater
than those presented in this work.
Considering the average electricity demand at this WWTP stands at
around 60 MWh each day (Table 1), considerable energy savings can be
expected if the discussed process is implemented. The diversion of
ammonia from conventional treatment mitigates the use of almost 3.7
MWh (6%) of electricity daily due to the decreased aeration required
for N-removal in the activated sludge process. Furthermore, the use of
the proposed system means the daily power generated could alter from
40 MWh a day to 58 MWh; a 45% increase. Thus, under nominal loads
the plant would transition from a net consumer of 20 MWh of centrally
generated electricity daily (and its associated losses through grid
transmission) to a net local generator of 1.7 MWh daily; making the
plant 100% electricity self-sufficient.
It was mentioned in Section 6 that the WWTP experiences sig-
nificant variation in the production of bio-methane depending on AD
performance. This is important as it will vary the overall power-output
of the process. However, as long as the feed molar steam to carbon ratio
of the system is kept constant at 2.5, fuel utilisation factor is kept
constant at 0.85 and the air utilisation factor is kept constant at 0.2,
then the overall efficiency of the operation can be kept fairly consistent.
Unfortunately, control strategies for dynamic operation of SOFCs come
with their own set of issues, which are well reviewed in articles such
D’Andrea et al. [56] and Jiang et al. [57]. With this in mind, it may be
important for WWTP operators to effectively manage the storage of
biogas/biomethane so that throughput to the SOFC can be kept as
constant as possible.
These projections mean the consumption of 20 MWh per day of grid
electricity can be omitted at this WWTP. This has the potential to save
both considerable operating costs and life cycle GHG emissions. Using a
10.5 pence per kW electricity purchasing price [58], it would save the
facility £766,500 a year in power costs. Meanwhile, the lifecycle
emission intensity of UK electricity currently stands at 107 gCO2e/kWh
[59]. At this WWTP, that would equate to 2140 kg CO2e of reduced
GHG emissions each day due to mitigated grid electricity use. On top of
the 486 kg CO2e savings facilitated by ammonia diversion, a total of
2626 kg CO2e lifecycle emission savings could be made daily. This
equates to 3.5 kg CO2e PE−1 year−1.
The 48 MWh per day of thermal power generated from the system is
expected to be enough to meet the demands of the facility where heat is
used for activities such as, anaerobic digestion, space heat and sludge
drying. However, its low quality nature of 51.5 °C at 1 bar may limit its
application potential in plants where high quality heat is required. In
such cases, excess electrical power could be used to upgrade the heat.
Heat utilisation and upgrading is an area where further and future work
is suggested.
As mentioned in the introduction, the system described in [41] also
acts to recover ammonia from digestate liquor for combined use with
biogas. The ammonia recovery efficiency using an electrodeionization
set-up lies between 76 and 95% depending on the concentration of
solution, thus, comparable to the efficiency found in this paper’s work
of 82%. However, [41] reported that the electrodeionization unit ran
with energy balance ratios between 0.5 and 1.2 during batch experi-
ments. In this sense, the ammonia recovery modelled in this paper via
stripping and absorption is energetically superior with an energy bal-
ance ratio of 2.25.
6. Conclusions
In this work, a novel system of ammonia recovery for combined use
alongside biomethane in a SOFC has been developed for application at
WWTPs. The entire process has been modelled and optimised using
Aspen Plus (V.8.8) and examined numerically, demonstrating its tech-
nical feasibility and potential impact on the two primary sustainability
issues for WWTPs; net energy use and greenhouse gas emissions.
The analysis has shown implementation of this technology could
have significant impacts on the environmental and energetic sustain-
ability of wastewater treatment plants around the world, as most
modern WWTPs using nitrification/denitrification and anaerobic di-
gestion technology do not meet their own energetic needs with con-
ventional CHP units. The modelling from this paper indicates an in-
crease in renewable electricity production by 45% and a reduction in
consumption of 6% is achievable. Thus, from an energetic point of
view, this technology would be extremely attractive to treatment fa-
cilities, whose current treatment process is similar to our case of study.
In the UK, it would mean that average energy consumption for sewage
treatment could be reduced from 80 to 75 Wh per person per day
(saving 325 MWh daily for the entire country), with a substantial in-
crement of onsite energy generation into the net energy consumption –
i.e., from 66% contribution via conventional AD-CHP units to 102%
contribution via the proposed system.
Furthermore, analysis in this work demonstrates that an annual
reduction in GHG emissions of 3.4 kg CO2e per person served by a
WWTP is achievable. If large-scale implementation of this process was
carried out, it could have significant impact on the global effort to
tackle climate change. Moreover, reducing GHG emissions could play a
key role in the financial viability of this technology, if carbon taxes or
similar carbon reduction incentives are integrated into worldwide
economies in the future.
Importantly, this technology is not limited to use only at wastewater
treatment plants. The process is essentially an addition to conventional
anaerobic digestion and could be implemented accordingly.
Simulations show the potential to recover over 80% of ammoniacal
nitrogen present in digestate liquor, which if used in integrated SOFC
stacks with biomethane, significantly boosts electrical power potential.
Thus, if this process was rigged alongside other AD plants it could play
an important part in the global integration of renewables and the en-
vironmental sustainability of industries that utilise AD.
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